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Abstract

Flooded flow fuel cells provide a different approach to fuel cell design where gas phases are eliminated from the fuel cell structure by
saturating the electrolyte with the reactant gases in separate vessels. The reactants are delivered to the electrode surface by passing the saturated
liquid electrolyte across the electrode structure. This concept offers operational advantages over conventional porous-gas-diffusionelectrodes,
particularly for mobile applications where resistance to shock and vibration is desirable. The technical feasibility of the concept was evaluated
by designing, constructing and operating an alkaline (KOH), H,-O; fuel cell with flooded flow electrodes. Future work is focused on
addressing important scale-up issues to increase current densitics to commercially acceptable levels.
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1. Introduction

Most current types of fuel cell utilize porous-gas-diffusion
(PGD) electrodes. A PGD elecirode comprises a three-phase
system: (i) a solid phase which is the electrode material; (ii)
a liquid phase which is the electrolyte, and (iii) a gas phase
for transport of the reacting components such as hydrogen or
oxygen. During operation of a fuel cell, the reagent gases
dissolve into the electrolyte, then diffuse to the electrode
surface and finally react in the presence of a suitable catalyst
on the electrode surface. The gas phase component cannot
participate in the reaction itself, since it is neither an ion nor
an electron conductor. Accordingly, the sole purpose of the
gas phase is to supply reagent to the active interface between
electrolyte and electrode.

As Meissner [1] proposed one could eliminate the gas
phase from the fuel cell itself by saturating the liquid electro-
lyte with reagent gas. The reagent is then supplied to the
electrode surface by passing the saturated electrolyte along
the active electrode surface area. This operating mode with
purposely flcoded electrodes offers several advantages com-
pared with conventional PGD-type fuel cells. The flux of the
reactants to the reactive sites can be controlled and increased
by increasing the electrolyte velocity. The entire surface area
is supplied with reactants, whereas in PGD electrodes the
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reaction occurs over only a very narrow band of electrolyte
located at the immediate vicinity of the gas—electrolyte
meniscus. This inherent difference in active catalytic surface
area promises to increase the practical current density levels
(current per unit of electrode face area) and thus reducecosts
for systems employing flooded flow (FF) electrodes.

Apart from the conceptual transport advantage of a single
fluid phase, less comp’ex electrode designs can be used in FF
systems because of the removal of gas phases from the fuel
celt structure. Uniformity of electrode porosity and spacing
is less critical, as control of pressure to maintain a stationary
gas-liquid interface inside the electrode is no longer needed.
Thus, for FF systems, the use of sophisticated electrodes with
dual porosity regions or Teflon-bonded componentsrequiring
rigid tolerances for size uniformity becomes unnecessary.
Likewise, the formation of hot spots, inactive regions, and
the possible hazards associated with the formation of an
explosive mixture of hydrogen and oxygen are completely
climinated.

Without a gas-liquid interface in the fuel cell structure,
more rugged systems are possible, less sensitive to shocks
and vibrations. Due to the increased flux of reactants by the
improved mass transfer to the active surface, the thickness of
the electrode sheets can be increased, also coatributing to the
compactness and ruggedness of FF systems. Furthermore,
cell temperature can be controlled casily as the required
removal of the exothermic reaction enthalphy can be accom-
plished with high efficiency.
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This paper describes the first steps of evaluating the fiooded
flow concept using an alkaline fuel cell. We investigated
current—voltage characteristics for operation of the anode and
cathode separately in a three-electrode, half-cell apparatus
with well-defined mass transfer conditions. We then com-
bined the two half-cells to demonstrate the practical feasibil-
ity of a complete FF fuel cell. In passing, we note that there
are a number of practical engineering issues that must be
addressed before such a design would be acceptable fo. com-
mercial applications. Operating current densities, IR iosses,
and parasitic pressure drops across fuel cell electrodes com-
prise the major issues for FF systems.

2. Experimental

Fig. 1 shows a schematic of the experimental setup for
haif-cell experiments. The first section is the haif-cell assem-
bly and the second is the saturator section foi dissolving
reactant gases. The two sections are linked by the electroiyte
re-cycle, which is driven by two peristaltic pumps, one of
which is operated with two pump heads. The electrolyte is
saturated with gaseous feeds in two vessels connected in
series.

Fig. 2 provides a schematic of the first stage saturator ves-
sel. The vessel is a customized gas wash flask made of glass
(Pyrex) with a volume of 500 ml. The major dimensions of
the saturator are indicated in Fig. 2. Electrolyte inlet and outlet
were added near the top and the bottom of the flask for
circulation of electrolyte. The bottom of the gas dispersion
tube was fitted with a 20 mm long fritted plate with pore sizes
ranging between 20 and 50 pm. During operation, the satu-
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Fig. 1. Schematic of experimental setup for half-cell experiments.
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Fig. 2. Schematic of saturator.

rator vessels are filled with electrolyte up to a level close to
the bottle top as shown in Fig. 2. The gas inlet is connected
to a gas tank with a pressure regulator. During operation a
pressure of 0.2-0.3 bar above ambient was sufficient to finely
disperse the gas into the electrolyte. After passing thrsugh
the electrolyte, the gas is vented through the gas outlet located
at the top of the gas dispersion tube.

The second stage saturator has the same height as the stage
I saturator; however, the volume is only 250 ml compared
with the 500 ml of the first stage saturator. Another difference
is that the gas dispersion tube is shorter, so that the fritted
bottom of the tube is at half the height of the vessel. The
purpose of this configuration was to avoid the carry-over of
gas bubbles in the exiting electrolyte. Two stages were used
to assure complete saturation of the electrolyte. No differ-
ences in the experimental results were found when comparing
experiments with a single-stage saturator to those experi-
ments with two-stage saturation.

Fig. 3 shows a schematic of the half-cell assembly. The
lower part of that figure details the flow channel conta.:ing
the working electrode. The half-cell is contained in an open
circular gas vessel (Pyrex) with a diameter of 70 mm and a
height of 65 mm. This vessel is fitted with an electrolyte inlet
and outlet as indicated in Fig. 3. A valve is attached on top
of the inlet channel to allow for the removal of gas bubbles
which may be carried over from the saturators. The counter
electrode and a Luggin capillary connecting to the reference
electrode are placed in the open glass cylinder. Up to four 50
min X 50 mm platinum sheets and 0.1 mm thick were used as
the counter electrodes. The Luggin capillary has a pointed tip
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Fig. 3. Schematic of working electrode assembly.

and could be placed within about 1 mm of the working
electrode.

The flow channel shown in the lower part of Fig. 3 has a
conical section in which the inner diameter increases from
12.5 to 15 mm. A short glass tube, about 2 mm long with an
inner diameter of 12.5 mm and an outer diameter slightly
lower than 15 mm, can be slid into the flow channel. This
short glass tube serves as a spacer and assures that the working
electrode is placed perpendicular to the electrolyte flow. The
working electrode, placed between two O-rings, is inserted
into the flow channel and is pushed against the first spacer
tube by a second spacer and a longer tube equipped with two
hooks as shown in Fig. 3. To hold the spacer and electrode
assembly in place, wires are wound around the hooks of the
tube and two similar opposing hooks on the outside of the
flow channel. By varying the thickness of the spacers, work-
ing electrodes of different thickness can be placed in the flow
channel.

Fig. 4 shows a schematic of the experimental setup for
complete cell experiments. This configuration consists of two
separate half-cell cycles which are connected with acapillary.
The capillary is filled with electrolyte and serves as an ion
bridge. To complete the circuit, the anode and the cathode
are connected by a variable load resistor. For the alkaline fuel
cell systems studied in this investigation, the half-cellreaction
taking place at the surface of the hydrogen electrode or anode
is

2H,+40H™ = 4H,0+4e” (n
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Fig. 4. Schematic of experimental setup for complete cell experiment.

and at the oxygen electrode the half-cell reaction is
0,+2H,0+4e~ —»40H" (2)

while the complete fuel cell reaction is the sum of both.

3. Results and discussion

The objective of this work was to demonstrate the feasi-
bility of the FF fuel cell concept. The experiments were
designed to establish a framework for understanding FF fuel
cell operation and its limits. For this purpose screenelectrodes
were used, primarily because their surface area can be readily
determined and varied. Furthermore, the simple geometry
facilitates the modeling of FF cell operation. We recognize,
at the outset, that screen electrodes will limit achievable cur-
rent densities; but as a first step, we wanted to have a well-
defined set of experimental conditions. For example, we
examined cell performance using single and multiple, stacked
screens, since this permits comparisen of theoretical predic-
tions and experimental results in the mass-transfer-limited
operating regime. Results of half-cell and complete fuel cell
experiments are also discussed.

3.1. Mass transfer to screens and packed beds of screens
This section summarizes correlations determined for mass

transfer to screens and packed beds of screens. Using diffu-
sivity and solubility data for oxygen in the electrolyte, the
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mass transfer correlations were used to estimate current den-
sities, thereby allowing us to compare our experimental
results with theoretical calculations. Mass transfer to screens
has significance for many practical applications. This prob-
lem has therefore been researched quite extensively. Coppola
and Bohm [2] analyzed the available data for mass transfer
across stacked screens, in terms of the Sherwood number
(Sh), the Reynolds number (Re) and the Schmidt number
(Sc). These quantities are defined as Sh=kd/D, Re=Ud/ v,
and Sc = v/D, where k is the mass transfer coefficient, d is
the wire diameter, D is the reactant diffusivity, U'is the super-
ficial velocity, and 8,270 is the kinematic viscosity. The
Sherwood number was empirically fitted to the following
equation

Sh=ASc*3*Re? 3)

where A and b are experimentally determined constants. The
0.33 exponent for Sc in Eq. (3) is the value expected from
boundary-layer theory when the Peclet number, Pe = Re X Sc,
is large (see Section 4). Values for A and b as well as the
methods used in their determination are summarized in
Table 1. The values determined by different investigators are
in relatively good agreement. The average value for the con-
stant A is 0.82 with a standard deviation of 0.079 and the
average value for the exponent b is 0.259 with a standard
deviation of 0.034.

Values for mass transfer coefficients for single and stacked
beds of screens are very similar. Satterfield and Cortes [6]
found that ‘mass transfer coefficients for multiple screen
matrices were slightly lower than the single screen data’.
Cano and Bohm [7] also report that mass transfer rates for
packed beds are somewhat smaller than for single screens. In
contrast to the above, Sioda [8] found that the mass transfer
coefficients for 12-screen stacks were about 8% higher than

Table 1
Parameters for heat and mass transfer correlations for packed beds of screens
(Eq. (3)) (adapted from Coppola and Béhm [2})

Investigators Method A b
Coppage and London Heat transfer 0.731 0.356
[3]
Gay and Maugham Vaporization of 0.846 0.298
(4} mercury
Vogtlinder and Electrochemical 0.773 0415
Bakker [5]
Satterfield and Cortez ~ Oxidation of hexane 0.865 0.352
(6] and toluene
Cano and Bohm {7] Electrochemical 0.695 0.384
Sioda [9] Electrochemical 0.904 0.360
Coppola and Bshm Electrochemical 0.838 0.37
(2]
Coppola and Bohm Electrochemical 0.908 0.34
21
Average values 0.82 0.359
+0.079* +0.034°
* Indicates standard deviation.

mass transfer coefficients for single screens. Since the differ-
ences between single and multiple screens are relatively small
and no clear trend is evident, the empirical correlations devel-
oped for multiple screens were averaged and also applied to
single screens.

3.2. Experiments with half-cells
Figs. 5 and 6 show typical potential versus current density

semi-logarithmic plots for the cathode and anode for various
flow velociiies using a 90% platinum/ 10% iridium screen as
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Fig. 5. Curvent-potential curves for oxygen reduction on 150 X 150 mesh
screen (90% Pt/10% Ir) for various flow velocities.
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Fig. 6. Current-potential curves for hydrogen oxidation ona 150 X 150 mesh
screen (90% Pt/ 10% Ir) for various flow velocities.
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the electrode. The screens were 150 X 150 mesh plain weave,
with a wire diameter of 0.0432 mm (Unique Wire Weaving,
Hillside, NJ) and a ratio between internal surface area and
face area of 1.6. The electrolyte used was a 20 wt.% KOH
solution. The flow velocity was varied between 1 and 10
cm/s, the temperature of the electrolyte was approximately
23 °C, and the electrolytes were saturated using 1 atm of pure
oxygen and hydrogen, respectively.

Figs. 5 and 6 show that for low current densities, the flow
velocity does not affect the current—potential curve. Evi-
dently, in this region, the overpotential is due to activation.
Because the current density is low, only small concentration
differences between bulk and electrode surface are necessary
to provide the oxygen consumed at the electrode. Conse-
quently, the concentration on the electrode surface equals the
concentration in the bulk electrolyte. Improving mass transfer
by increasing the flow velocity cannot increase the current
density further since it is already at its kinetic limit.

As the current density is increased, the current-potential
curves begin to diverge for different flow velocities. As flow
velocity increases at a fixed potential, the measured current
densities increase. In this region, the current densities are
sufficiently high to reduce the oxygen concentration on the
electrode surface. In the transition zone for intermediate cur-
rent densities, the increased mass transfer extends the region
in which activation overpotential dominates. As the current
density is further increased, the potential drops abruptly. In
this region, the surface concentration of reactant decreases to
zero and the limiting current density is controlled by mass
transfer.

The limiting current i, under mass transfer control is deter-
mined by the transport of reactant through the diffusional
boundary layer and is given by

i| = knFAq, (4)

where n is the number of electrons transferred in the reaction,
F is Faraday’s constant, A is the cross-sectional area, and ¢,
is the bulk concentration. To compare experimental results
for the limiting current density as defined in Eq. (4) with the
mass transfer correlations listed in Table 1, we calculated the
mass transfer coefficient from our limiting current data. This
requires knowledge of the reactant solubility and diffusivity
among other quantities. Since no data for the hydrogen dif-
fusivity in KOH solutions are available, the following anal-
ysis was restricted to cathode experiments with oxygen.

3.2.1. Solubilities
Solubilities of gases in aqueous electrolytes are commonly

described by using the Ostwald coefficient, L, defined as

v,
L=2% 5

V. (5)
where V, is the volume of the gas adsorbed, and V; is the
volume of the absorbing solvent. Assuming the gas behaves
ideally, the Ostwald coefficient is independent of the partial
pressuie of the gas and depends only on the temperature and

liquid composition. The dependence of the Ostwald coeffi-
cient on the electrolyte concentration can be conveniently
expressed by using the salting coefficient k.. defined as

_ log(L°/L)

k
s¢ X

6)
where ¢, is the electrolyte concentration in mol/l, and the
superscript (°) refers to the pure solvent (water) without
electrolyte present (note that log = base 10 logarithm). The
salting coefficient reflects the change in solubility associated
with the increase in concentration of a salt in water. For
hydrogen and oxygen dissolved in KOH solution, the salting
coefficient is positive, which means that the gases are less
soluble over all temperatures of interest to this study. Con-
sequently, the solubility of hydrogen or oxygen in pure water
represents the upper bound on the solubility in an aqueous
KOH solution. Battino [10] compiled the available data.
Using the average Ostwald and salting coefficients, the aver-
age oxygen solubility was calculated to be 2.29 X 10~ *mol/1
for a KOH concentration of 20 wt.% (4.24 M) at 25 °C.
Agreement between the five investigators listed by Battino
[ 10} is adequate, since the standard deviation for the oxygen
concentration i1s +2.9%.

3.2.2. Diffusivities

Gubbins and Walker [11] determined the cxygen diffu-
sivity at 25 °C and at concentrations up to the solubility limit
of KOH (51.7 wt.%). Davis et al. [ 12] determined the oxy-
gen diffusivity at 25 °C up to a concentration of 34 wt.% and
at 60 °C up to a concentration of 20 wt.%. Both research
groups report a strong decrease in the diffusivity as KOH
concentration is increased. At 25 °C and in pure water
solution, Gubbins and Walker report a value of 1.9X 103
cm?/s and Davis et al. report a value of 1.95X 10~ cm?/s,
whereas for a 20% KOH solution they reported values are
1.0% 10~ % and 0.84 X 10~ ® cm?/s, respectively. For our cal-
culations, we used an average value 0of 0.92% 105 cm?/s.

When using Eq. (4), one has to take into account that the
electrolyte is depleted of oxygen to some extent as it passes
the screen electrode. The maximal current density (Jinax)
which the electrolyte can carry for a given flow velocity (V)
is given by

Jmax=VnFCp,, @)

where C,,, is the equilibrium solubility of oxygen in the elec-
trolyte. As shown in Fig. 5, the limiting current density for
a flow velocity of 1 cm/s was measured to be about 2.2
mA/cm? of face area. For this flow velocity, ji..» is calculated
to be 88 mA/cm? using Eq. (7). This means that only about
2.5% of the available oxygen was consumed. Therefore, the
decrease in the oxygen bulk concentration as the electrolyte
passes the electrode can be neglected for the calculation of
the mass transfer coefficient. As the flow velocity increases,
the assumption of constant bulk concentration becomes even
better. For a flow velocity of 10 cm/s, ju,., rises to 880
mA ‘cm?® and the amount of available oxygen consumed is
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Fig. 7. Comparison of experimental results with mass transfer correlations.
The ratio of the Sherwood number (Sh) to the cube root of the Schmidt
number (Sc) as a function of the Reynolds number (Re).

only about 0.5%, since the higher current density is more than
compensated for by a higher j.,. As a side note, these solu-
bility-limited current density levels of order 10? to 10°
mA/cm? of face area are quite acceptable for current com-
mercial fuel cell applications.

Fig. 7 shows the comparison between our experimental
results and the published correlations listed in Table 1. For
illustration purposes, the results are plotted in terms of
Sh/Sc®* versus Re. Fig. 7 includes results for single screens
and screen stacks (180X 180 mesh silver). Experimental
ShiSc®* values determined from our limiting current data
are generally higher than the ones calculated from the pub-
lished correlations. However, since the experimental error
bars clearly overlap into the band of correlations, one can
conclude that the measured values are in good general agree-
ment with these transport correlations. The error bars repre-
sent the propagated error in Sh/Sc®**. The maximal possible
error in the face area of the working electrode is approxi-
mately 3%. The error in terms of the solubility is 2.9% which
corresponds to the standard deviation of the available solu-
bility data. The error in terms of the diffusivity was assumed
to be 8.7% which corresponds to the deviation of the two
reported values from their mean. The measurement ervor in
terms of the limiting current was estimated to be 8%.

In addition to the good agreement with empirical correla-
tions, the experimental data are consistent with theoretical
predictions. Re in our experiments ranged from approxi-
mately 0.04 to 1 (Fig. 7), whereas Se for oxygen was about

10°. For small-to-moderate Re and large Sc, boundary-layer
theory predicts that

Sh=APe'* = ASc'*Re'"? (8)

The observed exponent of Re in our experiments was 0.33,
in excellent agreement with Eq. (8).

3.3. Experiments with complete cells

Fig. 8 shows the result for experiments with a complete
fuel cell. This cell consisted of two separate electrolyte recy-
cle loops which were joined by a glass capillary, as shown in
Fig. 4. One recycle was saturated with oxygen whereas the
second recycle was saturated with hydrogen. Single
150 X 150 mesh screens (90% Pt/10% Ir) were used in both
half-cells. To allow comparison with half-cell experiments,
the experimental parameters were the same as in the half-cell
experiments.

The results for the complete cell are in very good agreement
with the corresponding half-cell experiments shown i-+Figs.
5 and 6. In the low current density region, the potential of the
complete cell is approximaty equal to the difference
between the cathode potential and the anode potentiai. The
drop of the potential occurs at the same current density,
depending on which half-cell recycle is limiting. Fig. 8 shows
results of experiments-in which the flow velocities were
adjusted to establish the limiting current density on both
anode and cathode. This means that a decrease in flow veloc-
ity of either recycle would potentially reduce the limiting
current density, but a further increase in fluid recycle velocity
would not increase the limiting current density.

Two examples are shown in Fig. 8. For a catholyte flow
velocity of 5 cm/s, the flow velocity of the anolyte needs to
be 9.6 cm/s, and for a catholyte velocity of 1.1 cm/s, the
anolyte flow velocity needs to be 2 cm/s to achieve simul-
taneously limiting operation. The ratio of the corresponding
flow velocities for operation at which anode and cathode are
simultaneously limiting is approximately 1.87.

1.2
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Fig. 8. Current-potential curve of complete flooded flow cell.
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The difference in the flow velocities can be explained by
considering the stoichiometry of the reaction in conjunction
with the solubilities of oxygen and hydrogen. For a 20 wt.%
KOH solution at room temperature, the solubility of hydrogen
and oxygen are very similar, e.g. 0.23 mol/m® for oxygen
and 0.22 mol/m? for hydrogen [ 13]. Each oxygen molecule
receives 4 electrons and each hydrogen molecule yields two
electrons when reacting to water. Thus, if solubility and stoi-
chiometry were the only relevant parameters, one would
expect the ratio of catholyte to anolyte velocity to be approx-
imately 2, which is very close to the experimentally observed
ratio of 1.87.

A complete analysis needs to take into account the differ-
ence in the diffusivities of oxygen and hydrogen in the elec-
trolyte solution. Since no data for the diffusivity of hydrogen
in KOH solutions are available, the argument is qualitative.
The hydrogen diffusivity in pure water is approximately two
times higher than the oxygen diffusivity (3.8 X 10~ 5cm?/s
versus 1.95 X 10~ %cm?/s). For oxygen, the diffusion coef-
ficient decreases strongly as the KOH concentration
increases. For example, in a 20 wt.% KOH solution it is 50%
lower than in pure water, and in a 45 wt.% solution it is 90%
lower. Similar effects can be expected for hydrogen, although
the magnitude of the decrease in the diffusion coefficient will
prebably be different. In general, we expect the hydrogen
diffusion coefficient to be larger than the oxygen diffusion
coefficient. This will tend to decrease the difference in the
limiting current density for oxygen reduction and hydrogen
oxidation, which is consistent with our experimental results.

We also experimented with a mixed feed configuration.
This setup is characterized by a single electrolyte recycle.
After being saturated with oxygen and hydrogen in separate
saturators, catholyte and anolyte were mixed and passed
through screens of different materials, e.g. platinum and sil-
ver. Preliminary experiments by Meissner [ 1] showed that
when passing a mixed feed through a silver screen electrode
in FF operation, the potential measured comresponded to the
cathodic potential, suggesting that oxygen may react selec-
tively at the silver electrode, with substantially no hydrogen
consumption. Similarly, if the mixed feed is passed through
a platinum electrode, the measured potential corresponded to
the hydrogen anode, suggesting that a platinum electrode
could serve selectively as the hydrogen anode. We were suc-
cessful in repeating these findings; however, upon connecting
the platinum and silver screen, the open-circuit potential dif-
ference disappeared gradually and continuous operation was
not possible.

4. Conclusions

Our experiments demonstrate that FF fuel cells are tech-
nically feasible. The measured current density potential
curves are in general agreement with theoretical expectations.
For current densities less than 0.1 mA/cm?, the flow velocity
has no effect on the current density. For higher current den-

sities, an increase in flow velocity increases the limiting cur-
rent density and extends the kinetically-limited operating
regime. Consequently, FF operation allows control of the
limiting current density through the flow velocity. Foragiven
flow velocity, the hydrogen half-cell was found to be limiting,
which follows from the stoichiometry and the solubilities of
hydrogen and oxygen. In a separate feed configuration, the
flow velocities of the catholyte and anolyte can be indepen-
dently varied to optimize use of the available surface area of
each half-cell. Theoretical values calculated from mass trans-
fer correlations are in excellent agreement with the experi-
mental results in the mass-transfer-limited region.

To demonstrate the FF concept we used screen electrodes.
The advantage of using screens as electrodes is their simple
geometry with known internal surface areas, which facilitated
the modeling of transport under FF conditions and simplified
the experimental setup for making a direct comparison with
theoretical predictions. However as we mentioned earlier, the
internal surface areas of screens are too low to support current
densities of conventional practical fuel cells which are of the
order of 100 mA/cm? or more. To find out if the current
densities in FF fuel cells can be competitive with conventional
fuel cells, we have experimented with high internal surface
area electrodes and will report results in a forthcoming paper
where IR losses and electrode pressure drop issues are
addressed.
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